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Abstract—The spatial distribution of bubbles in gas fluidized beds has been investigated with the
measuring system described in Part I of this paper in beds of 0.10, 0.20, 0.45 and 1.0 m dia. The
results indicate that in gas fluidized beds a characteristic flow profile of the bubble phase exists
such that near the distributor a zone of increased bubble development exists in an annulus near the
wall. This zone moves towards the vessel centre-line with increasing height above the distributor.
The merging of the annular zone in the vessel centre-line marks the beginning of the transition of the
fluidized bed to the state of slugging. The spatial flow profiie of the bubble phase is shown to be
responsible for the existence of characteristic solids circulation patterns in gas fluidized beds.

1. INTRODUCTION

The spatial distribution of bubbles within a gas/solid fluidized bed has a considerable
influence on the operation of such beds. For example, the distribution of rising bubbles
over the cross-section of the bed influences the efficiency of a fluidized bed reactor because
non-uniformity of bubble development over the bed cross-section causes a broadening of
the residence-time distribution of the gas. The latter is brought about by a reduced residence-
time, due to higher rise velocities of bubbiles, in regions of more intense bubble development
and also by the influence on gas mixing brought about by large scale solids movement
necessarily associated with uneven bubble development

Although there exist in the voluminous fluidized bed literature many, partly contradictory,
references, surveyed by Grace & Harrison (1968), to the occurrence of uneven bubble
development and of solids circulation, to date no adequately accurate direct measurements
are available of the spatial distribution of bubbles in three-dimensional beds. The few
available measurements obtained with X-rays (Baumgarten & Pigford 1960), and with
capacitive (Kunii, Yoshida & Hiraki 1967) and electroresistivity probes (Park et al. 1969),
merely yielded the qualitative result that near the gas distributor more bubbles were found
near the bed wall than at the bed centre, while at large heights above the distributor the
reverse held. The same results were indicated by the experiments of Whitehead & Young
(1967) who photographed bubble eruptions at the surface of large-scale fluidized beds.
These workers established that at the bed surface an eruption pattern was clearly distinguish-
able, and that this pattern varied significantly with bed height. One of the first systematic
quantitative investigations of the spatial distribution of bubbles in a fluidized bed was
carried out by Grace & Harrison (1968) by means of photographing bubbles in a two-
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dimensional bed. The development of a characteristic non-uniformity in the bubble
distribution across the bed was interpreted by means of a simple coalescence model.

The measuring techniques described in Part I of this paper allow an exact observation
of the bubble development in three dimensional beds of arbitrary dimensions. The investiga-
tions of the spatial distribution of bubbles in cylindrical beds of from 0.10 to 1.0 m dia. showed
that gas/solid fluidized beds are basically characterized by a non-uniform bubble develop-
ment across the bed cross-section, so much so that one may talk of a “spatial flow profile
of the bubble phase”. The existence of the flow profile of the bubble phase is decisive in the
transition of the bed to the state of slugging and is closely connected with the development
of the solids circulation within the bed.

2. EXPERIMENTAL

Three solids, whose sieve-analyses are shown in figure 1, were used. Their properties
were as follows:

(i)  quartz sand: irregular particle shape, density p, = 2640 kg/m?3, minimum fluidization
velocity u,,, = 0.018 m/sec;

(i) copper powder: spherical particle shape, density p, = 8660 kg/m?, u,,, = 0.014 m/sec;

(ili) glass spheres: p, = 2950 kg/m*, u,,, = 0.039 m/sec.

Figure 2 shows a schematic representation of the experimental rig. Air, used as the
fluidizing agent, was circulated in a closed loop by a rotary compressor. The hydrodynamics
of fluidization was investigated in cylindrical vessels of 0.10, 0.20, 0.45 and 1.0 m dia.
Sintered metal plates with a mean pore size of 5 um were used as distributors in the beds
of 0.10, 0.20 and 1.0 m dia. while in the bed of 0.45 m dia. a porous plastic plate with a mean
pore size of 40 um was used. The removal of fines carried over in the outlet gas stream was
effected by downstream cyclones. The air flow was measured by rotameters for the two
smaller beds and with orifice plates for the larger beds.

The electronic data processing set-up is shown schematically in figure 3. In the investiga-
tion of the local state of fluidization within a fluidized bed, the probability density distribu-
tion w(U,) of the amplitudes of the output signal U ,(r) arising from probe A. was first
measured by a Hewlett—Packard 3721A correlator. Then the signal U ,(t) was displaced
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Figure 1. Sieve analyses of the materials used.
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Figure 2. Schematic representation of the experimental rig.

relative to the reference voltage of the discriminator circuit by means of an offset-voltage
such that the output signai U’,(t) of the discriminator circuit contained no component due
to the dense phase porosity fluctuations, but only the complete series of the “cut” bubble
pulses. This was done in accordance with the principles established in Part I of this paper.
The accuracy of the adjustment was controlled by a measurement of the amplitude
distribution w(U’,) of the cut signal U/,(t). The signal arising from the lower probe, Ug(t),
was modified in the same way. Subsequently, the_cross-correlation function ¢y, y,(7)
of the two bubble pulse series U’ (2) and Uj(r) was measured by means of a correlator whence,
the local mean bubble rise velocity 7, was determined. The timing circuit as well as the two
electronic counters were used to determine the mean number k of bubbles striking probe A4
per unit time and the mean duration f, of the bubble pulses. The following parameters
were then determined:

the local mean pierced length of bubbles, E[I] = #,1,; 1
the local mean bubble volume fraction, &, = kt,; 2]
and the local bubble gas flow, V, = ki,b,. (3]

Figure 3. Electronic data processing set-up.
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Using a total measuring time of about 20 min. during which each probe has been struck
by between 1000 and 5000 bubbles, one obtained very accurate, statistically certain. informa-
tion about the local state of fluidization. No curve-fitting techniques were used in represent-
ing the data in the following figures.

3. RESULTS AND DISCUSSION
3.1. The spatial distribution of bubbles in a non-slugging fluidized bed

The investigation of the spatial distribution of bubbles within a fluidized bed was carried
out as follows. Initially the bubble development was observed at fixed height above the
gas distributor. Conclusions about the spatial distribution of bubbles were then drawn
from a comparison of the bubble development over bed cross-sections at different heights.

The immediately obvious parameter for the investigation of the uniformity of bubble
development was k, the mean number of bubbles that struck the probe per unit time. As an
example, figure 4 shows the number k versus the distance r from the vessel center line, in a
0.20 m dia. fluidized bed of sand at a height 0.15m above the distributor.

The parameter k must not, however, be confused with the local bubble frequency f.
defined as the number of bubble centres passing a unit cross-sectional area around the
probe per unit time. For spherical bubbles rising randomly in space relative to the probe,
simple reasoning (Werther, 1973) leads to the relation

nf Dmax

k
4

D?q,(d)dD (4]
Dnsin
where D is the diameter of spherical bubble, D, < D < D_,, and q,(d) is the local number
density distribution of the diameters D.

Due to the different cross-sectional areas that bubbles of different sizes present to the
probe, the profile k(r} is only suited to the characterization of the uniformity of bubble
development over the bed cross-section, providing the local bubble size distribution is
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Figure 4. Local mean number of bubbles striking the probe per unit time. and local mean bubble
pierced length versus the radial displacement of the probe from the column centre-line (0.20 m dia.
sand fluidized bed, gas velocity 0.09 m/sec, probe located 0.15 m above the distributor).
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independent of distance r from the vessel centre-line. In figure 4 measurements of the
local mean pierced length E[/] at various points of the bed cross-section, showed that this is
not the case. Furthermore, the coupling of the measured magnitude k with the sizes of the
bubbles, complicates a direct comparison of the k(r) profiles measured at different heights
above the distributor. By contrast, the local bubble gas flow V, is considerably more suited
to the determination of the uniformity of bubble development over a bed cross-section.
Using the parameter V, the bubbles may be viewed as a dispersed phase flowing through
the bed according to a distribution given by the magnitude of V,. This distribution is
suited for the spatial description of the bubbles, in particular with reference to the large
scale solids circulation that is set up within the bed.

In figure 5 measurements of ¥, are shown as a function of the distance r from the vessel
centre-line in the 0.20 m dia. fluidized bed of sand, at heights of 0.05, 0.08 and 0.15 m above
the distributor. In spite of uniform permeability of the distributor and in spite of a high
ratio of distributor pressure drop pp, to bed pressure drop pg(pp/ps = 3.8 for the sintered
metal distributor) it is evident that bubble development is not uniform over the bed cross-
section. Rather one finds near the distributor an annular zone close to the wall of pronounced
bubble development. In addition it is found that the flow profiles change such that the
annular zone converges to the vessel centre with increasing height.

Similar flow profiles of the bubble phase result with other solids, as is shown in figures
6 and 7 for glass spheres and copper powder in fluidized beds of 0.20 m dia.

In figure 8 the bubble development in a fluidized bed of sand with a diameter of 0.45m
is shown. The porous plastic distributor used exhibits a low pressure drop relative to that
of the bed (pp/pp = 0.2) without changing the flow profile of the bubble phase.

The occurrence of a zone of increased bubble development near the wall is not confined
to small laboratory scale fluidized beds as is shown by figure 9. Even in a fluidized bed of
1.0 m dia. this characteristic non-uniformity is evident.
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Figure 5. Variation of the local bubblie gas flow with radial displacement of the probe from the

vessel centre-line for different heights h above the distributor (0.20 m dia. sand fluidized bed, gas
velocity 0.09 m/sec).
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Figure 6. Variation of the local bubble gas flow with radial position of the probe for different
heights h (glass spheres fluidized in the 0.20 m dia. bed, gas velocity 0.117 m/sec).

Summarizing, one may say that in all the fluidized bed systems investigated the bubble
phase exhibited a characteristic flow profile possessing a zone of pronounced bubble develop-
ment near the wall which moves to the centre of the vessel with height.

The non-uniformity of bubble development over the bed cross-section is so marked that
its existence is detectable with comparatively inaccurate measuring techniques. For exampile,
Park et al. (1969) detected a maximum in the bubble frequency near the distributor in a
fluidized bed of 0.10.m dia. at value of r from between one-half and three-quarters of the
bed radius. This maximum was found to move to the centre at larger heights. However,
the dearth of accurate measuring techniques has prevented elucidation of the structure
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Figure 7. Variation of the local bubble gas flow with radial position of the probe for different
heights h (copper powder fluidized in the 0.20 m dia. bed, gas velocity 0.084 m/sec).
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Figure 8. Variation of the local bubble gas flow with radial position of the probe for different
heights h (0.45 m dia. sand fluidized bed, gas velocity 0.09 m/sec).

of the spatial flow profile of the bubble phase and has led to incorrect conclusions. For
example Kunii, Yoshida & Hiraki (1967) deduced from measurements taken with a
capacitive probe similar to that used by Morse & Ballou (1951), that bubbles rise uniformly
over the cross-section at the distributor. They further concluded that bubbles rise uniformly
distributed over the bed cross-section to a height approximately equal to the bed diameter.
Only at greater heights do they rise at the bed centre-line dus to coalescence. The data
presented have shown that this description is incorrect.

Grace & Harrison (1968) on the basis of visual observations of a two-dimensional bed
(0.457 m wide, 0.019 m thick) reached the conclusion that bubble development was uniform
at the distributor. They therefore interpreted the observed non-uniformity of bubble
development at greater heights by means of a coalescence model that used, as a starting
point, a uniform distribution of bubbles at the distributor. According to this model the
existence of the annular zone of increased bubble development was associated with a
corresponding impoverishment of the fluidized bed regions near the wall.
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Figure 9. Variation of the local bubble gas flow with radial position of the probe in the 100 cm dia.
sand fluidized bed (gas velocity 0.09 m/sec, probe located 0.30 m above the distributor).
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If this model was correct, i.e. if the flow profile of the bubble phase did in fact start as
uniform distribution, then the bubble gas flow averaged over a cross-section 17,, should
exhibit approximately the same value as the local bubble gas flow ¥, in the region of the
bed not influenced by the proximity of the walls. Thus there should hold

Vo=V, =o-

In fact it was found for example in a 0.20 m dia. bed of fluidized sand (figure 5) that at
h=005m V|- = 2cm>/(cm?/sec), V, = 2.99 cm?/(cm?/sec), and in a bed of fluidized
sand, with a diameter of 0.45m (figure 8), at h = 0.08m V,|,., = 2.5 cm3/(cm?/sec),
V, = 3.53 cm®/(cm?/sec).

From this it follows that no impoverishment of the regions near the wall was associated
with the maximum in the flow profile and that bubble formation was favored near the walls.

There is unfortunately no satisfactory answer available why the zone near the wall
should favor bubble formation. Possible influences that come to mind are the altered
packing geometry of the particle layers near the wall which in packed beds (Calderbank &
Pogorski 1957) and liquid fluidized beds (Allen & Smith 1971) lead to an increased flow
through this region, as well as the different conditions of friction within the fluidized solids
and between solids and wall which might favor bubble formation in immediate proximity
to the wall.

Investigating three-dimensional processes by two-dimensional models, is problematic
due to wall effects—particularly in the case of non-uniformity of bubble development
across the bed diameter. Since bubbles at the point of their formation have diameter from
0.3 to 0.5 cm (Werther & Molerus 1971), it follows that a two-dimensional bed 1.9 cm thick
has to be considered three-dimensional close to the distributor. Therefore. along the entire
bed perimeter bubbles rise at the proximity of the wall so that from the wide side of the
bed uniform bubble development is observed visually.

The number of bubbles generated at the narrow sides is relatively insignificant. Thus,
in this case. a two-dimensional model does not describe a three-dimensional bed accurately.
Hence it possesses an unrealistic initial condition for the investigation of the spatial distri-
bution of bubbles. Comparison of the data of Grace & Harrison (1968) with the data
presented here confirms this conclusion since the bubble frequency and distribution of
bubble gas flow over the bed cross-section, as measured by Grace & Harrison, exhibit weak
maxima near the wall in contrast to the very definite maxima found here in three-dimensional
beds. These weaker maxima arise because of an apparently uniform initial distribution of
bubbles across the bed cross-section.

In figure 10 spherical-cap bubbles are drawn at the position of maximum bubble gas
flow for various heights above the distributor in a 0.20 m dia. bed. The diameters of the
bubbles correspond to the 50 per cent and the 84 per cent values of the local cumulative
number distribution of the bubble sizes. It follows from this representation that the
displacement of the annular zone of pronounced bubble development results from the
growth of the bubbles with increasing height—the larger the bubbles the further the
annular zone is forced towards the vessel centre-line.

The scope of the present work only covers fluidized beds with porous plate distributors.
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Figure 10. The relation between bubble coalescence and the variation of the bubble gas flow profile

with height above the distributor. Bubble sizes corresponding to the 50 per cent and 84 per cent

values of the local cumulative number distributions of bubble sizes are plotted at the position of

maximum bubble gas flow in the corresponding bed cross-section (0.20 m dia. sand fluidized bed,
gas velocity 0.09 m/sec).

Whitehead & Young (1967) reported investigations on a large scale fluidized bed of square
cross-section of 1.20 x 1.20 m. Fluidizing air was fed via 16 nozzles while the solid (quartz
sand. u,,, = 0.0245 m/sec) was fluidized at a velocity of 0.145 m/sec. The bubble eruption
pattern at the bed surface was photographed for different bed depths. Figure 11 was derived
from figures of the authors, where the positions of the eruption centres at the bed surface
were plotted for various bed depths. As indicated by a comparison of figure 11 and figures
5-9 the characteristic flow profile is evident. Near the distributor at a height of 82.5 cm,
a zone of pronounced bubble development is clearly distinguishable. This zone moves
toward the centre with increasing height, and reaches the centre at a height of 2.03 m.

3.2. The transition to the state of slugging

The bubble development in a fluidized bed of quartz sand 0.10 m dia., is shown in figure
12. The annular zone of increased bubble development is clearly distinguishable for a
height of 0.05m above the distributor. This zone rapidly moves to the vessel centre. At a
height of 15 cm it has almost reached the centre and at a height of 30 cm the characteristic
flow pattern for narrow, high fluidized beds has developed, viz. the bubbles rise preferen-
tially at the vessel centre. Figure 13 shows that the same flow pattern also arises with other
solids.

The merging of the annular zone represents the start of the transition of the bed to the
state of slugging. This is clear from an analysis of figures 14 and 15. In figure 14 the local
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Figure 11. The bubble gas flow profile as deduced from measurements of Whitehead & Young(1967).
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Figure 12. Variation of the local bubble gas flow with radial position of the probe (0.10 m dia. sand

fluidized bed, gas velocity 0.09 m/sec).
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Figure 13. Variation of the local bubble gas flow with radial position of the probe (copper powder
fluidized in the 0.10 m dia. bed, gas velocity 0.084 m/sec).

mean bubble rise velocity ii,, the local mean pierced length E[/] and the number k of bubbles
striking the probe per unit time are plotted versus r, the distance from the vessel centre,
for heights of 0.225, 0.30 and 0.80 m above the distributor. In figure 15 the variation with
height of the local magnitudes of §, and E[I] at the vessel centre-line are shown.

It is evident that at a height 0f 0.225 m above the distributor the bubbles are still relatively
small, that they rise preferentially at the centre and that in the bubble track thus formed at
the centre-line the bubbles achieve very high rise velocities.
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Figure 14. The transition into the slugging state (0.10 m dia. sand fluidized bed, gas velocity
0.09 m/sec).
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Figure 15. Variation of local mean bubble rise velocity and local mean bubble pierced length with
height above the distributor (0.10 m dia. sand fluidized bed, gas velocity 0.09 m/sec, probe located
in the column axis).

Due to the high bubble concentration at the centre-line the bubbles coalesced very rapidly
so that at a height of 30cm a changed flow pattern is recognizable. In particular, the
number of bubbles striking the probe per unit time k declined. The bubbles are larger but
the local mean bubble rise velocities have decreased due to increasing wall effects. With
increasing height above the distributor the characteristic profile for slugging fluidized beds
becomes more clearly apparent. At a height of 80 cm the local rise velocity is close to
uniform over the bed cross-section and agrees quite well with the predicted value for slugging
fluidized beds (Hovmand & Davidson, 1971), according to

Ups = U, — Uy, + 0.35./gDy 5]

where u, is the superficial gas velocity, Dy is the bed diameter and v,, is the absolute rise
velocity of a slug. For the present example this value is v,, = 0.423 m/sec. The magnitude
k also possesses an almost constant value across the bed diameter as would be expected
in this case, since the maximum horizontal diameter of the rising bubbles is only a little
less than the vessel diameter.

For a fully developed slugging fluidized bed where all siugs possess the same shape and
rise centred on the vessel axis. the measurements of the local mean pierced lengths plotted
versus r, the distance from the centre-line give an insight into the shape of the slugs. Since
it is known from the X-ray photographs of Ormiston, Mitchell & Davidson (1965), that the
trailing surface of slugs is flat at least near the centre-line, the plot of E[/] as a function of
r is, at least in that region, identical to a vertical section through a slug of average size.
The radius of curvature r, of the slug, at the stagnation point was measured by Ormiston.
Mitchell & Davidson (1965):

r, = 0.35 Dy. 6]

Using Dy = 0.10m the computed radius of curvature r, approximates the measured
values of E[!] quite well near the vessel centre-line for a height of 80 cm. In summary,
the data represented in figures 14 and 15 prove that the merging of the annular zone
signifies the start of the transition of the fluidized bed to the state of slugging.

It is significant however, that even a slugging fluidized bed which is characterized by
bubbles rising at the vessel centre-line, possesses a region near the distributor where the
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bubbies rise preferentially at the wall. It was evident that this region in which the bubbles
are small compared to the vessel diameter, and where therefore quite different exchange
behavior exists compared to the slugging region, had an accurately definable, non-negligible
size. The existence of this region of intense contact should be allowed for in the design of
slug-flow reactors.

3.3. The influence of the flow profile of the bubble phase on solids circulation and gas mixing

The fundamental investigations of Rowe and co-workers (1962, 1965, 1971) have shown
that the bubbles rising in a fluidized bed cause not only an upwards drift of surrounding
solid particles but also carry up solids in their wakes. From this it follows directly that a
non-uniformity of bubble development over the bed cross-section must necessarily be the
cause of a macroscopic solids circulation. In regions of more intense bubble development,
solids are carried up and therefore because of continuity, must move downwards in regions
of lesser bubble activity. If the down flow of solids is sufficiently intense, the particles descend
at a velocity greater than the interstitial velocity of fiuidizing gas. The resulting backmixing
of the gas phase is significant in the operation of a catalytic fluidized bed reactor and has
been accounted for by the countercurrent backmixing model suggested by several authors
(Stephens, Sinclair & Potter 1967; Van Deemter 1967; Latham, Hamilton & Potter 1968;
Kunii & Levenspiel 1969).

It is possible to predict the solids circulation. Since the solids carried by the bubbles in
their wakes are deposited at the bed surface, the eruption pattern at this surface or the
flow profile of the bubble phase close to the surface is decisive in determining the large
scale solids circulation.

The annular zone of pronounced bubble development merges approximately at a height
of two bed diameters above the distributor at the vessel centre-line. In fluidized beds
deeper than two bed diameters, the bubbles break the surface preferentially at the centre,
The solids carried up by the bubbles descend mainly near the wall. The solids circulation
1s such that the solids rise first in the annular zone of increased bubble development, then
in the centre and subsequently descend near the wall. Such a circulation pattern—rising
in the centre, descending at the wall—which has already been observed repeatedly in
laboratory fluidized beds (Leva 1962; Potter 1971; Schiigerl 1967), is schematically shown
in figure 16a.

On the other hand, a fluidized bed shallower than about two bed diameters exhibited a
completely different solids circulation pattern (figure 16b). In that case the eruption pattern
is determined by the annular zone of increased bubble development. The solids falling on
the bed surface may either descend at the bed centre or at the wall, i.e. two downflows of
solids are set up. Such a circulation pattern predicted merely from a knowledge of the
spatial bubble flow profile has been experimentally observed by Whitehead, Gartside &
Dent (1970) in a large-scale bed of square cross-section with an edge length of 1.20 m. The
existence of a downtlow of solids at the vessel centre-line has been deduced by Calderbank,
Toor & Lancaster (1967) from experiments on a catalytic fluidized bed reactor with a
diameter of 0.45 m. The quantitative distribution of the solids between the two downflows
should be dependent on the distance of the annular zone from the vessel centre-line and
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Figure 16. The development of different solids circulation patterns in beds of different height-to-
diameter ratios.

consequently on the ratio of bed height to diameter. The limiting case then results when the
annular zone has reached the centre, i.e. the pattern is achieved where solids are rising at
the centre and descending at the wall, as shown in figure 16a.

4. SUMMARY AND CONCLUSIONS

The newly developed measuring techniques were used for investigating the spatial
distribution of bubbles in cylindrical fluidized beds with diameters of 0.10 to 1.0 m. The
results indicate that in gas/solid fluidized beds, close to the distributor a zone of increased
bubble development exists in an annulus near the wall. This zone of higher bubble activity
moves towards the vessel centre-line with increasing height above the distributor. Contrary
to the qualitative observations available to date that initially the distribution of bubbles
over the bed cross-section is uniform, it was found that the annular zone of higher bubble
activity results from the fact that bubbles are formed preferentially in proximity to the walls.

The merging of the annular zone in the vessel centre-line marks the beginning of the
transition of the fluidized bed to the state of slugging. Hydrodynamically, three different
regions should be distinguished in a slugging fluidized bed:

(i) a region near the distributor characterized by the existence of an annular zone of
increased bubble development;

(if) a transition region starting at the point at which the annular zone coalesces on the
bed centre-line; and

(iii) the region of fully developed slugging.

As is shown by a comparison with the data of Whitehead and co-workers, the same flow
profile of the bubble phase also exists in industriai-scale fluidized beds, i.e. the flow patterns
determined here are of general nature.

It is shown that a knowledge of the spatial flow profile of the bubble phase is the key to
an understanding of the solids circulation within the fluidized bed. The flow profile of the
bubble phase induces the large scale solids circulation in the bed in a manner dependent
on the ratio of bed depth to diameter, i.c. on the extent to which the development of the
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flow profile has advanced at the bed surface. The solids circulation then in turn, influences
solids and gas mixing within the fluidized bed.
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Sommaire—La répartition spatiale de bulles dans des bains fluides au gaz e été étudiée avec le
systéme de mesure décrit dans la premiére partie de cet ouvrage dans des bains de 0,10, 0,20, 0,45
et 1,0 m de diamétre. Les résuitats indiquent que dans des bains fluides au gaz un profil d’écoulement
caractéristique de la phase en bulle existe de sorte que prés du distributeur une zone de développe-
ment croissant de bulles existe dans un anneau prés de la paroi. Cette zone se déplace vers 'axe
du vaisseau 4 mesure que la hauteur au-dessus du distributeur augmente. Le fusionnement de la
zone annulaire dans I'axe du vaisseau marque le début de la transition du bain fluide a I'état inerte.
Le profil d’écoulement spatial de la phase en bulle est motré étre responsable pour I'existence de
modes de circulation de solides caractéristiques dans les bains fluides au gaz.

Zusammenfassung—Mit Hilfe des in Teil I dieser Veréffentlichung beschriebenen MeBsystems ist
die riumliche Verteilung der Blasen in FlieBbetten von 0,10, 0,20, 0,45 und 1,0 m Durchmesser
untersucht worden. Die Messungen zeigen, daB in Gas/Feststoff-FlieSbetten ein charakteristisches
Stromungsprofil der Blasenphase existiert derart, daB in der Nihe des Aufgabebodens eine ring-
formige, wandnahe Zone verstirkter Blasenentwicklung festgestellt wird. Diese Zone verschiebt
sich mit zunehmender Hohe iiber dem Aufgabeboden zur Rohrmitte hin. Das Zusammenwachsen
der Ringzone in der Rohrmitte markiert den Beginn des Uberganges des FlieBbettes in den Zustand
des StoBens. Es wird gezeigt, daB dies rdumiiche Strémungsprofil der Blasenphase die Ursache
fiir die Existenz charakteristischer Feststoffzirkulationsstromungen in Gas/Feststoff-FlieSbetten
ist.

Pestome—CHcTEMOR M3MEPEHAS, OMMCAHHON B MEPBOH 4acTH 3TOR paloTHI, HCCIEAOBANIOCH
MPOCTPAHCTBEHHOE PAcTPede/ICHKE My3bIPHKOB B HIIONIM3HPOBAHHAIX C/IOAX I'a3a AHAMETPaMK
0,10; 0,20; 0,45 u 1,0 m. Tlo pe3ynsTaTaM BHAHO, 4TO B CJIOAX (UIIOMOM3HPOBAHHOIO rasa
XapaKTEPHBIit TPOodUNL TEYEHHS My3BIPHKOB Ga3sl TakoBOH, YTO BEIH3H PACIPEACIHTENLHOrO
YCTPOKCTBA B KOMBLEOOPA3IHOM CJ10€ OKOIMIO CTEHBI CYLIECTBYET 30HA ITOBBILLIEHHOI O Pa3BHTHS
My36IPHKOB. DTa 30HA MEPEIBHTAETCSA K OCH COCyJa HaBEPX OT PacHpene/IMTEe/IbHOTO yCTpOH-
ctBa. CTHTHE KONBLEO6GPA3HOTO CITOA ¢ OChIO COCYAa OTMEYAeT Havano nepexona GMOHIH3H-
POBaHHOTO CJIOA B COCTOAHME HHEPTHOCTH. Hamnu, YTO NpPOCTPaHCTBEHHBIH MPOdHIIL
TeyeHus Galbl IMy3LIPHKOB SBJIAETCA [PUYHHOM CYIIECTBOBAHMS XAPAKTEPHOH LMPKYIALMH
TBEPABIX 42CTHI B CIOAX GIFORANIUPOBAHHOTO rasa.



